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Aim of the work

H, demand is continuously increasing since its many relevant applications, for
example, the ammonia production or the refinery processes. Moreover, H, may also be
used as an energy carrier for fuel cells, which convert it to produce electricity and heat. Its
industrial production exceeded 550 billion Nm®/y in 2010, mainly from steam reforming
and cracking of heavy oils, while a smaller part from gasification of coal and electrolysis of
water.

The Water Gas Shift (WGS) reaction (CO + H,0 "* CO, +H, rH=-41.1 kl.mol™)is
a step in the H, production, reducing significantly the CO content in the gas mixtures
obtained from steam reforming and increasing the H, content. Industrially, the reaction is
carried out in two stages with different temperature: the first stage operates at high
temperature (350-450 °C) using Fe-based catalysts, while the second one is performed at
lower temperature (190-250 °C) over Cu-based catalysts. However, recently, an increasing
interest emerges to develop new catalytic formulations, operating in a single-stage at
middle temperature, while maintaining optimum characteristics of activity and stability.
These formulations may be obtained by improving activity and selectivity of Fe-based
catalysts, or increasing thermal stability of Cu-based catalysts.

In the present work, Cu-based catalysts (Cu/zZnO/Al,O3) were prepared from
hydrotalcite-type (HT) precursors, which are able to provide catalysts with high surface
area, chemical homogeneity, and small crystal size. The catalysts with various
compositions were investigated by studying their physical properties, WGS activity and
stability, in order to evidence optimum composition for the reaction at middle

temperature and the role of each component on the catalytic performances.



1. Introduction

According to the International Energy Agency (IEA) in 2009, the Total Primary
Energy Supply (TPES) was dominated by 80.9 % of fossil fuels, 2.3 % of hydro, 10.2 % of
biofuels and waste, 5.8 % of nuclear, and a small amount of other sources (Fig. 1.1).

Hydro-energy demand was continuously increasing from 1.8 % in 1973 to 2.3 % in 2009

[1].
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Figure 1.1 1973 and 2009 fuel shares of TPES [1].

Synthesis gas (syngas) is a mixture of H, and CO in various compositions,
corresponding to specific applications. Syngas can be produced by coke and biomass
gasification, steam reforming [2] or partial oxidation of hydrocarbons [3], usually natural
gas. Syngas has been employed to produce ammonia [2,4-12] and methanol [13-16], but
is also used to prepare synthetic petroleum to be used as a fuel or lubricant via the
Fischer—Tropsch or the Mobil methanol to gasoline processes [11,17-20]. Furthermore, H,
is a building block product of remarkable industrial interest and is claimed to replace
hydrocarbons and provide a clean fuel without carbon oxide emissions, to be used in

stationary and mobile applications as well (Fig. 1.2).
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Figure 1.2 Hydrogen: primary energy sources, energy converters and applications (size of

“sectors” has no connection with current or expected markets) [26].

Nowadays, worldwide production of H, exceeded 550 billion Nm*/y in 2010, of
which about 60 % by reforming of light fractions of hydrocarbons, 30 % by cracking of
heavy oils, 7 % by gasification of coal, and 3 % by electrolysis of water. Steam reforming of
natural gas is the main source of H, production, while some of the others still in
laboratory phase, with small scale production by steam reforming [2] and/or gasification
of biomasses, possibly in combination with electrolysis [3].

In the chemical industry, about 50 % of H, produced in the world is used for the
ammonia synthesis, while the demand of the refinery, including hydro-treatment and
hydro-cracking (Table 1.1), is continuously increasing to respect the stringent regulations
(about 37 % of the H, production) [2,21,22]. Further uses are the methanol and light
hydrocarbons production (about 5 %) and the production of plastics and reduced metals

(Fig. 1.3) [2,23].

= Ammonia synthesis

= Hydrotreating
Methanol and light Hydrocarbons synthesis
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Figure 1.3 Hydrogen role in the chemical industry [1].



Table 1.1 Hydrogen consumption in the main hydrotreating and hydrocracking processes [2].

PROCESS MAIN AIM OF TREATMENT CONSUMPTION
(KQ2/ tONNfeeq)

HYDROTREATING

Hydrotreating of gasoline Elimination of poisons (mainly sulphur and
nitrogen) for the reforming and isomerisation
catalysts. 0.5-10.0
Compliance with the specifications related to
sulphur content in gasolines
Hydrodesulphurization of kerosene Compliance with specifications related to sulphur
content in middle distillates
Hydrodesulphurization of diesel Compliance with specifications related to sulphur
content in middle distillates
Hydrotreating of middle distillates Pre-treatment of feedstock for the upgrading
processes, such as FCC (Fluid Catalytic Cracking) 5.0-15.0
and hydrocracking
Dearomatization Compliance with the specifications related to
aromatic content in various fractions (for example 3.0-15.0
in middle distillates)

HYDROCRACKING
Conversion of middle distillates Conversion of heavy vacuum fractions into lighter
products such as LPG, virgin naphtha, kerosene, 15.0-25.0
diesel (upgrading of the feed)
Hydrotreating and conversion Reduction of content of undesired elements
of fuel oils (metals, sulphur, nitrogen, etc.) to improve the
quality of fuel oil. Partial upgrading of the residue
to be fed

1.0-3.0

3.0-12.0

10.0-25.0

Actually, H interest is due to its application for fuel cells [24,25] that convert it to
produce electricity and heat. Fuel cells are able to achieve efficiencies of about 60%
compared to 33-35% of electricity generation plants by combustion [10]. Various types of

fuel cells are described in the Table 1.2.

Table 1.2 Summary of fuel cell types [24].

FUEL CELL PEMFC AFC PAFC MCFC SOFC
lon- KOHaq) in
(aq) i K
Electrolyte exchange solid asbestos HsPO, Li,CO4/K,CO4 Zr0,-Y,03
membrane
Temperature [°C] 70-90 120-250 180-230 650-700 800-1000
Transmitted charge H* OH’ H CO5~ 0~
Non-noble . .
Anode catalyst Pt metals (i.e. Ni) Pt Ni Ni
Reformate, Reformate,
Fuel Hy ki H CO/M, CH,, CO/H,




The development of H, production technologies requires the identification of the

potential markets and the constraints associated with them; existing and potential H,

markets may be identified as follows [11]:

e Industrial: the main industrial markets for H, are fertilizer production
(ammonia), steel, methanol and H, for cracking and hydrodesulphurization.

e Vehicles: transportation requirements may be met by different fuels
(methanol, dimethyl ether, Fischer-Tropsch fuels or gasoline, diesel, jet fuel
and, in the future, H; itself).

e Power: H, is a candidate for power production, mainly as a vector for storage
and use to produce when necessary.

e Commercial: H, is being considered for commercial applications in the

buildings, by the co-generation of power and heat.
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2. Water Gas Shift Reaction

2.1 General

The Water-Gas Shift (WGS) reaction (equation 2.1) is an important step in the
industrial production of H,, used to remove the CO produced in gas reforming and
increase H; content by reaction with steam to form CO; [1]. Currently, H, produced by this
reaction may be applied for ammonia synthesis, Fischer—Tropsch synthesis and fuel cell

systems.

CO + H,0 D H, + CO AH = -41.1 kl.mol™* (2.1)

The WGS reaction is slightly exothermic, with an equilibrium constant that
decreases as the temperature increases, high conversions being favored at low
temperatures (Fig. 2.1). The equilibrium constant dependence on temperature may be

calculated by different equations described in Table 2.1 [1-3].

600

1

400

200F

0 I
100 200 300 400 500
Temperature/"C

Figure 2.1 Equilibrium constant (Kp) as a function of the temperature for the WGS reaction [1].
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Table 2.1 Equilibrium constant for the WGS reaction.

Pco, P
Equilibrium constant: K, = ——2—2 Ref.
Py,0Pco
Keq = exp(T(T(0.63508-0.293537)+4.1778)+0.31688) 1 | 22

IN(Keq) = 5693.5/T + 1.077 InT + 5.44x10* T — 1.125x107'T* — 49170/T* - 13.148 [2] | (2.3)

Keq = €Xp(4577.8/T-4.33) 3] | (2.4)

where T (K) is temperature

Under adiabatic conditions, as the reaction proceeds the released heat increases
the reaction temperature and, therefore, restricts the CO conversion, achieving the exit
CO level at single converter in a range from 2 to 4 vol.%. In order to reduce the
thermodynamic limitations, two or more beds with inner bed cooling are used, may be
with removal of CO, between the stages. In this way, CO level can achieve less than 1
vol.%. Therefore, the limitation of CO conversion depends on catalyst activity [1].

A significant improvement in CO conversion may be obtained by applying two-bed
system, with the second bed operating at lowest possible temperature (about 200 °C).
Industrially, the reaction is performed in two stages with different temperatures to
achieve a desired CO content for further applications: i) the first stage employs Fe-based
catalyst in a range of 350-450 °C and is known as High Temperature Shift (HTS); ii) the
second one is performed at lower temperature (190-250 °C) over Cu-based catalysts (Low
Temperature Shift or LTS). This is explained by the fact that the shift reaction is
thermodynamically favored at low temperature and kinetically at high temperature.
Secondly, Fe-based catalysts are active at high temperature and resistant to poisons,
while Cu-based catalysts operate only at lower temperature due to sintering tendency of
active phase. So, it is necessary to lower the temperature of process gas at outlet of HTS
converter from 400 to about 200 °C, in which Cu-based catalysts operate effectively, by
using heat-exchange systems between converters [1]. As shown in figure 2.2, the two-
stage system may reduce CO content to less than 0.3 vol.%, lower than that in the single-

stage (CO conc. > 1 vol.%). However, recently, there is an increasing interest to develop
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new Cu-based catalysts to carry out the process in intermediate temperature at 250-350

°C (Middle Temperature Shift or MTS) in order to decrease operation cost.

4k .
HT shift

2
LT Ve -
8 3F Equilibrium
- Inter-bed cooling
3
-B\C‘
o 2k
U .
5 LT shift
W

1 -

0 1 4 I L |

200 300 400 500 600

Temperature/"C

Figure 2.2 Typical variations of CO levels in HTS and LTS catalyst beds [1].

2.2 Kinetics and mechanism

The mechanism of shift reaction remains in dispute for both Cu- and Fe-based
catalysts. In general, two mechanisms have been derived and are known as “adsorptive”
and “regenerative (or redox)”. The WGS reaction involves the H,O dissociation that may
occur on the metal, the support or both. Similarly, the CO may react with the O-containing
species (H,0, OH or O) of the gas phase, adsorbed state or surface lattice [1].

In the “regenerative” mechanism, adsorption and splitting of H,O molecules to H,
gas and oxygen atoms occur on the catalyst surface. The oxygen atoms still adsorbed on
catalyst sites react with CO to produce CO, (Fig. 2.3) as described in equations (2.5) and
(2.6). In the conventional “redox” mechanism, the dissociation of H,O and the production
of H, occur separately, however, Callaghan et al. [4] suggested modified “redox”
mechanism for Cu-based catalysts, in which the production of both O and H, takes place

in a single-step. Furthermore, the Rate Determining Step (RDS) critically depends on

12



composition of feed gas [5], catalysts [3,6], reaction conditions such as pressure [7], and

temperature [7,8].

HO + * D H, + O(a) (25)

CO + O D CO; + * (2.6)

where * is a vacant site.

In the “adsorptive” mechanism, it is assumed that the two reactants (CO and H,0)
are first adsorbed on the catalyst surface and react to form surface intermediates, such as
formate (HCOO), carboxyl (HOCO) species, following the decomposition to products and
desorption from the surface (Fig. 2.3) [1]. Supporting the formate intermediate
mechanism, some authors [8,9] concluded that formate decomposition is RDS for Cu-
based catalysts. Moreover, Shido and Iwasawa [10,11] confirmed that the WGS reaction
on ZnO catalytically proceeds through bidentate and bridge formates converted to
products, or unidentate carbonates in absence of H,O. On the other hand, some authors
[12-16] supposed that surface carboxylic species are the dominant intermediates of the
WGS reaction, fitting the previous experimental results [8,17] to confirm that there is no
possibility of formation of formate intermediates on Cu(111). In recent years, other
authors [18,19] showed that the carboxyl intermediate formed from adsorbed OH and
surface CO reacts with another adsorbed OH to give CO,. Such as in the “redox”
mechanism, the RDS depends on reaction conditions, specifically the temperature, H,0
concentration [20-23], and pressure [7,12].

The rate of the reaction depends on various parameters including: catalyst
properties and reaction conditions such as operating temperature, pressure, and the
composition of feed gas. Therefore, there is a large number of mechanistic models and
rate equations for the WGS reaction [1]. Langmuir-Hinshelwood (LH) models (equation 2.7
and 2.8) suggest “adsorptive” mechanism with intermediate formation to better describe
the WGS kinetics for a wide range of temperature and have a good fitting with the

experimental results [24-26]. Furthermore, Ayastuy and Amadeo [25,27] reported that
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the LH model is the best one describing the kinetics of the LTS reaction over commercial
Cu/Zn0/Al,03 catalyst. Moreover, in 2011, by using Computation Fluid Dynamic (CFD) for
different models of rate expressions, Smith et al. [28] confirmed that LH models are able
to predict the CO conversion with minimum deviation from the experimental results. In
the “redox” mechanism, H,O dissociation on reduced sites is assumed to be RDS and the
rate equations (equation 2.9 and 2.10) for this model are described in Table 2.2 [29,30].

In contrast to rate expressions obtained from detailed reactions, the empirical
reaction rate models (equations 2.11-2.13) do not consider any mechanisms, but they are
useful for reactor design and optimization. However, these models are only valid for
concentration and temperature ranges in which the kinetic studies have been carried out
[3,7,26,27,31]. In 2005, Choise and Stenger [32] suggested an empirical rate expression

(equation 2.13) fitting experimental data with a high degree of accuracy.

/ E,=1.02

E. =1.76 E =0.82 AE=-0.28

AE=0.48 AE' 0.87 H H

75377 % Ef%fa/]///-““ % | %
AE=-0.39 |

CO,+H,

Figure 2.3 Reaction scheme including both the “redox” and the “adsorptive” (carboxyl)

mechanism (steps in eV). Minimum energy pathway for the WGS reaction is highlighted with light
grey.
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Table 2.2 Model kinetic equations for the WGS reaction.

Model Rate equation Ref.
=k PcoPHzo - PcoZ PHZ/Ke
lo = 2 (2-7)
(1+ KeoFeo + KHZO PHZO + KH2 PH2 +Kc02 PCOZ )
Langmuir- 7]
Hinshelwood Peo, Ph,
k(PcoPHzo' 7)
(r)= K (2.8)
“ (1+ KCOPCO-'-KHZO I:)HZO-'-KCQ F)COZ Pl—(i)zs + KEIZS F)I-?zs)2
=k PHZO - Pco2 PHZ/KePCO
foo = P [29] | (2.9)
1 + KCO2 P :
Redox o
KK P.,P,,-P,P, /K
foo = co HZO( coH,0 co, H2/ e) [30] (2.10)
Kco F)co + KHZOPHZO +(Kc02 + KHZ)PCOZ
o = k(PCOPHZO - I:)coz PHZ/Ke): kI:)coF)Hzo (1' b) [3] (2.11)
reo = KPS% P:ZO PI-(|:2 I:)cdoz (1' b) (9] (2.12)
47400 Pco, Py,
Power-law (' rco) = 2-96-105 exp(— ?)( Pco szo - K—e) [13] (2-13)
where b = Peo, P, /Pco Pio Ke [3,9] | (2.14)
k =1.85.10"° exp(12.88 - @) [3] (2.15)
Nomenclature
(reo) reaction rate
k rate constant for the WGS reaction
Ke equilibrium constant
Ki equilibrium adsorption constant of species i
pi partial pressure of species i
a,b,cd reaction orders of the components CO, H,0, H, and CO;
T(K) temperature
R gas constant R= 8.3145 J/mol-K
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2.3 Reactors

A single-bed adiabatic shift reactor is often used, either in HTS or LTS units to
minimize thermodynamic limit of the WGS reaction. However, multi-bed catalyst shift
reactor (Fig. 2.4) is employed where the outlet gas from the first unit is cooled down to
suitable temperature by heat-exchange system [33]. Some companies proposed radial
flow reactor which allows to use catalyst with small dimensions of grains, with minimized
charge losses. This is particularly advantageous for the big installations, to limit catalyst

volume and reactor size.

(a) (b)

Entréa w—| E g

+1— Catalyseur BT
S n"1 [adsorbant)

—— C%r HT

*t— Catatysour BT
nga
—— Catalygeur HT
- Catatyseur BT
n°3
= Sortie

N/ e

Figure 2.4 Adiabatic HTS (a) and LTS (b) converters [33].

More recently, Membrane Reactors (MR) (Fig. 2.5) have been used to combine
reaction and separation processes in a single-step. The MR consists of a multi-tubular
device, where the catalytic bed can be situated inside or outside the tubes. The tubes are
constructed in a composite material formed by different layers, one of them being
selective for the permeation of H,. It is reported that Pd-based membranes are the most
permeable and selective to H, [33-37]. Pd-based MR show satisfactory performance also
at a high Gas Hourly Space Velocity (GHSV) values, achieving a CO conversion at least

three times higher than traditional reactors [39]. Among Pd-based MR, Pd-Ag alloy is

16



considered as a potential candidate for WGS due to relatively high H, permeability, good

separation selectivity, high mechanical integrity and hydrothermal stability [39-41].

Retentate

Feed <wzzzzzzz7772777 _ \
C ) 0. Catalytic bed 20 J

é}i ‘Ftl-Ag membrane D—:

\°° 0090800040009 % % Permeate
L7 Pure Hs

Figure 2.5 Scheme of tube in a tube membrane reactor [39].

2.4  Catalyst formulations

2.4.1 Commercial catalysts

2.4.1.1 HTS formulations

In industrial plants, Fe-based catalysts have been used in high temperature
converter due to their high activity, thermal stability and poison resistance. Operating
conditions are: T=350-450 °C, P = 1-80 atm. The temperature must be minimized to obtain
desired CO conversion, resulting in an increase in catalyst life by limiting the sintering. The
catalysts operate also with a wide range of Steam/Dry Gas (S/DG) ratios and with
moderately high impurity level. In fact, Fe-based catalysts are not very sensitive to
poisoning by sulphur, which is commonly present in feed gas derived from coal or fuel oil.
The Fe-based catalysts may work with high CO inlet concentration [1].

Catalyst site is considered to be the spinel of magnetite Fe;O4 or FeO¥e,03. A
small amount of added Cr increases thermal stability and Fe dispersion in the catalyst,
since the Cr substitution in Fe oxide lattice improves the Fe distribution and as well as the
catalyst activity [43]. Fe-Cr oxide catalysts have been used industrially in HTS unit and
generally higher content of Cr leads to higher resistance to the sintering, but with
reduction of activity, thus a Cr-content of 8 wt.% is a good compromise [44]. They are

usually prepared by precipitation of aqueous solution of Fe and modifier (for instance, Cr)
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salts by a base, preferably an alkali metal agqueous solutions, hydroxide or carbonate, to
improve the homogeneity of the precipitate composition. Sulfate salts are preferred due
to their availability and low cost. The precipitation is carried out at 30-80 °C and a pH of 6-
9, and the precipitate is normally filtered, washed and dried [43]. It is important that any
traces of sulfates are removed by washing since they may be converted to H,S during
reduction, which is a source of catalyst poisoning [1]. Drying should be carried out at low
temperature (< 200 °C) to prevent any oxidation of Fe;O4 to Fe,03[43]. Care must be
taken during calcination to avoid formation of large quantities of CrO3 from the air-

oxidation of Cr,03 by the following reaction:

2Cr,03 + 30, " 4CrO; (216)

It should be noted that traces of CrO; cause some risk to operators [1]. Therefore,
before the start-up, Fe,O3 must be converted to Fes04 and any CrO3 present to Cr,03 by
reduction process (equations 2.17-2.20). Industrially, reduction is carried out by process
gas (CO/H) at about 400 °C with suitable H,O/H, and CO,/CO ratios [44-46]. These
conditions and additional H,O in process gas are reported to prevent formation of metallic
Fe, that promotes the methanation of carbon oxides which could give to a rise of reactor

temperature and reduce H, yield [1].

3Fe,03 + H, ** 2Fes0, + H,0 AH%gg = - 16.3 ki mol™ (2.17)
3Fe,03 + CO ** 2Fes0, + CO, AH%gg = + 24.8 kI mol™ (2.18)
2CrO; + 3H, " Cr,0; + 3H,0 AH%q5 = - 684.7 ki mol™* (2.19)
2CrO; + 3CO "* Cr,0; + 3CO, AH 505 = - 808.2 k) mol ™ (2.20)

In the H,-TPR analysis (Fig. 2.6), the Fe,03/Cr,03 catalyst exhibits 4 peaks
corresponding to the reductions of Fe and Cr oxides in a range from 250 to 800 °C [48]. It
is reported that the reducibility of the catalyst depends on dopants: Cu promotes the
Fes04 to FeO transformation to a lower temperature, while addition of Cr to hematite

increases the transformation temperature of Fe,03 to Fe30,4[47,48].
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Figure 2.6 H,-TPR profiles for a Fe,0/Cr,05 catalyst [48].

Reduced HTS catalyst is easily oxidized by the air and, consequently, releases a
large amount of heat, leading to raise the catalyst bed temperature. Therefore, reduced
HTS catalyst must not be exposed to air, except under carefully controlled conditions.
Spent catalyst must be removed under N, flow and, then, deposited in a safe place where
it may slowly oxidize. Alternatively, the converter may be filled with H,O and the wet
catalyst is removed [1].

In recent years, a small amount of Cu was added to commercial HTS catalysts
(Cr/Fe-based catalysts) to improve their activity and selectivity. These catalysts have been
industrially used in more severe condition (i.e. lower S/C ratios without being reduced to
Fe%), offering greater operating flexibility than the classical HTS formulations [42,49].
Practically, Cu has the role to increase the activity and Cr is a catalyst stabilizer, while Fe
still remains the active phase. However, Cu favors the sintering, leading to low surface
areas. The increase in the catalytic activity and surface area of the catalysts reflects the

synergetic effects required to the dopants [50].
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It has been found that commercial Fe-based catalysts with as high as 8-14 wt.% Cr
promoter generally contain about 2 wt.% Cr®" compounds, which are highly toxic to
humans and environment, during their manufacture and deposition [50,51]. Thus, it has
drawn considerable attention to study Cr-free HTS catalysts by investigating various kinds
of oxides, e.g. PbO, La,03, Ca0, ZrO, Al,0s, etc., to replace Cr,03 [50,52-54]. Recently,
many studies [42,55-58] have shown that ceria is promising for the WGS reaction by
increasing the reducibility of metals and inhibiting metal sintering.

Supporting the Cr-free HTS catalysts, Lee et al. [60] studied Ni and Co to replace Cr
in Fe-based catalysts and investigated the activities at LPG reformate conditions. Two
catalysts with 20 wt.% of Ni (Zn5FeNi20 and Co5FeNi20) showed a good activity, higher
than that of a commercial catalyst (Fe/Cr/Cu by Johnson Matthey) (Fig. 2.7). Fe/Ni
catalysts also exhibit higher CO removal activities than Cr-containing catalysts in condition

of no addition of H,0 to LPG reformate [61].
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Figure 2.7 CO conversions of three component catalysts at 375 and 400 °C [60].

Fe-Al-Cu catalysts have been recently studied in order to overcome the limits of
the LTS/HTS catalysts and operate at MTS. The catalysts possess a good activity at a wide
range of temperature [61-65] and the highest CO conversion efficiency is 97.8 % at 300 °C

(Fig. 2.8) [62]. It should be noted that Cu plays as an active site at lower temperature,
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while magnetite has catalytic effect at higher temperature, and, at this temperature Cu is
an electronic promoter in the solid solution [62]. Moreover, the influence of Cu loading on
catalyst physical and chemical properties has been investigated [63-65]. According to
Zhang and coworkers, Cu promotes formation of maghemite (y-Fe;O3) [65] and the
highest CO conversion rate is achieved when Cu/Fe ratio is equal to 1 [62]. It is obvious
that the method of preparation plays an important role in catalytic performance; sol-gel is
reported as an appropriate technique for Fe-Al-Cu catalysts, which is superior to
precipitation/ impregnation routes [63-65]. Moreover, sol-gel method with gelation
agents such as propylene oxide or citric acid provides a catalyst with high homogeneity,

purity, surface area [66], and better sulfur tolerance than a commercial catalyst [67].
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Figure 2.8 CO conversions at various temperatures of the Fe-Al-Cu catalysts, with Fe/Al =1:1 and

different Fe/Cu molar ratios [62].

2.4.1.2 LTS formulations

The commercial LTS catalysts (CuO/ZnO/Al,O3) have gained a wide industrial
acceptance. These catalysts possess a good activity at 200-250 °C and are attractive since
CO equilibrium is more favored at low temperature. Notwithstanding the high activity,
with CO exit concentrations between 0.1 and 0.3 vol.% achieved under LTS conditions,

and the other claimed advantages, as the higher selectivity and fewer side reactions at

21



high pressure, they are highly sensitive to poisoning and thermal sintering. In addition to
higher activity [1], the catalyst performance strongly depends on the reaction conditions,
such as S/C ratio, contact time, temperature, feed gas composition and pressure [32,67—
69]. The maximum CO conversion rate is reached at 250 °C for any condition [68], a large
amount of H,O being necessary to favor the direct WGS reaction [32,67]. Furthermore,
the CO conversion changes with the contact time at different S/DG ratios [69]: at lower
values of contact time, the LTS catalyst shows higher CO conversion at higher S/DG ratios;
differently, the CO conversion decreases with the S/DG ratio at higher values of contact
time. Moreover, Utaka et al. [71] observed that a small amount of O, (1.3 vol.%) added to
reformed fuels accelerates the shift reaction over the Cu-Al,03-ZnO catalyst.

Commercial LTS catalysts (CuO/ZnO/Al,O3) are produced by co-precipitation
method from aqueous solutions of metallic nitrates with sodium carbonate solutions at
30-60 °C and constant pH of 7-9. The precipitates are filtered, washed with deionized
water, dried in air at 100 °C and, then, calcined from 300 to 500 °C [71,72]. During the
preparation, Al not only stabilizes the metallic Cu crystallites, but may contribute to form
hydrotalcite-type precursors which lead to more active catalysts [72]. Hence, the activity
of LTS catalyst may depend on the Cu dispersion, Cu particles size and interaction with the
support, which are probably related to method of preparation [73,74]. According to
Figueiredo and coworkers [68,75], changes in the sequence of co-precipitation of metal
nitrates during the preparation of the precursor of Cu/ZnO/Al,O3 catalysts affect the final
properties of Cu° at the surface of the catalysts. CZ-A (co-precipitation of two first metals
at first and then mixing with the third precipitated metal) performs the best catalytic
activity due to the highest surface area. In another study on Cu/ZnO/Al,O3 catalysts,
Tanaka and coworkers [77] showed how the activity of the catalysts prepared by
impregnation of y-Al,O3 by nitrate solutions of Cu and Zn (IMP) was lower than those of
the samples prepared by co-precipitation of these three solutions (COP) (Fig. 2.9).
Therefore, it is clear that the catalyst performance strongly depends on the catalyst
composition. Sekizawa and coworkers [68] tried various compositions of Cu/Al,03-MOy
where M = Al, Ce, Co, Cr, Fe, Mg, Mn, Sn, Zn, and Zr; M/Al = 1 (Fig. 2.10). They showed

22



that Cu/Al,O3 with Zn performs an excellent activity and reaches the equilibrium values of
CO-CO,-H,0 at 250 °C. Moreover, they also showed that the activity increases by
increasing of Cu amount with maximum at 30 wt.% of Cu. However, overloading Cu

amount causes low dispersion, forming large agglomerate particles.
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Figure 2.9 Cu/ZnO/Al,O5 catalysts activity: (6,0) CO conv. and (r,p) H, conv. over COP-30-30
(open symbol) and IMP-5-5 (closed symbol), (- - -) equilibrium conv. (H,37.50%; CO, 1.25%; H,0,
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It was not demonstrated if the active sites in Cu-based catalysts are either metallic
Cu or Cu, or both. However, the commercial catalysts (Cu®") are reduced with a low
concentration of H in inert gas, being reaction (21) highly exothermic, that may raise the
temperature of catalyst bed, leading to the sintering and, consequently, loss of activity
[1]. Gines et al. [72] found that, before the start-up, the catalyst is completely reduced by
using a Hy/N, flow and maximum temperature of 220 °C without any sintering. The
catalyst reduction is completed when the inlet and exit H, concentrations are the same, or
with a difference lower 0.5 vol.% for 4 h, and the catalyst bed is at temperature of 225-
230 °C [1]. When process gas is first introduced, the temperature usually increases rapidly

as the catalyst comes to equilibrium with the process conditions.

CuO + H; ** Cu + H,0 AH 505 = - 80.8 ki mol™ (2.21)

Moreover, Fierro et al. [78] showed the correlation between the reduction
behavior and calcination temperature: a double peak is replaced by a single and
symmetrical peak when the catalyst is calcined at higher temperature, consequence of
the sintering of the CuO species in a less reducible Cu-containing fraction. In another
study, Fleisch and Mieville [79] reported that the CuO reducibility is higher in the ternary
than binary systems. The TPR profile of the Cu/ZnO/Al,O3; catalyst indicates a
superposition of two or three peaks, that may represent the reduction of different Cu?*
species (Fig. 2.11) [69]: (a) Cu in the ZnO lattice, (b) amorphous Cu oxide phase, (c)
crystalline CuO, and (d) Cu®* in the Al,O3 phase. The peaks at 160-170 °C, may be assigned
to reduction of Cu?* to Cu** and Cu®* and/or Cu'* to Cu® species, whereas the shoulder at
higher temperature may be assigned to Cu species interacting with the Al-containing
phase, which is more difficult to reduce.

It should be noted that the reduced catalyst may undergo oxidation in presence of
air, leading to release a huge amount of heat, and a temperature raising between 800 and
900 °C. Therefore, the usual procedure to discharge the LTS catalyst is to depressurize the
reactor, purge the Ny, cool down to less than 50 °C and discharge the catalyst under a N,

flow [1].
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Figure 2.11 Temperature-programmed reduction (TPR) profile of a calcined Cu/ZnO/Al,0;

catalysts (measured as H, consumption in a TCD) [80].

The Cu-based formulations have good activity, but are susceptible of poisoning
and operate in a limited temperature range because of problems with Cu sintering.
Hence, many studied have been focused on modifications of commercial LTS catalysts to
overcome these limits, by introducing additional promoters or changing the method of
preparation. Saito and Murata [81] indicate that the activity of Cu/ZnO/ZrO,/Al,03
catalyst for the WGS reaction at 250 °C is less affected by the pre-treatments such as
calcinations and treatment in H; at higher temperature than that of the Cu/ZnO/Al,0O5
catalyst (Fig. 2.12). Other authors [71] found that addition of a small amount (0.8 wt.%) of
colloidal silica to a Cu/ZnO-based catalyst significantly enhances its stability for the WGS
reaction compared to the catalyst without SiO, (Fig. 2.13). Differently, Shishido et al. [82]
showed that the highest activity is obtained over homogeneously precipitated
Cu/MgO/Zn0 due to the enhanced formation of Cu® species as active sites, with even an
addition of 0.1 wt.% of Mg, which leads to greatly increase in CO conversion and Cu metal
surface. Additionally, a trace amount of MgO-doping on Cu/Zn/Al has been the most
effective among the alkaline-earth metals and exhibits higher activity and sustainability

than commercial Cu/ZnO/Al,03 catalyst [83].

25



(@) (b)

70 30
_ 60} s
& 2
= 0F = 20}
= £
2 40r z
g 2
E 30} & R e
o 3 & Rl skt ] ;
] S ok Activity of a Fe/Cr-based indusirial
< a0} o catalyst not pretreated
L o
10 F
0 2 3 3 i 0 ] ] 1 ]
673 773 ’73 973 673 713 873 973
Calcination temperature (K) Calcination temperature (K)

Figure 2.12 (a) WGS activity of a Cu/ZnO/Al,O; (0,a0) and a Cu/ZnO/ZrO,/Al,05 (<,=) catalysts
treated in H, at 300 °C (0,=) or at 500 °C (o,<<) as a function of calcination temperature; (b) Cu
surface areas of the post-reaction catalysts used for the WGS reaction as a function of calcination
temperature. The symbols are the same as shown in figure (a). Reaction conditions: 250 °C, 1.5
atm, feed gas (CO 10%; CO, 18% ; H, 72%), H,0/CO = 2.7, SV (except water) = 36,000 h™ [81].
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Figure 2.13 Effect of addition of colloidal silica into a Cu/ZnO/Al,O; catalyst on the long-term
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Cu/Zn0O/Al,05 catalyst without silica [71].

26



It has been found that Cu/CeO, catalysts exhibit high catalytic activities for the
WGS reaction at both high and low temperature [55,82], but not at middle temperature.
Many authors tried to enhance the catalyst performance by changing the composition,
adding other metals or changing the method of preparation. In 2011, Li et al. [85]
investigated the effect of CeO, supports prepared using different precipitants (NH3.H0;
(NH4)2COg3; KoCO3) on the catalytic performance. They found that Cu/CeO, prepared using
NH3.H,0 presents the highest Cu dispersion, best thermal stability, and, therefore, highest
CO conversion. Furthermore, they [84] reported that Cu/CeO, prepared by urea co-
precipitation-gelation method [86] shows greater surface area than conventionally co-
precipitated sample, due to a long boiling step and the slow decomposition of urea
[70,85]. Djinovi¢ et al. [88] reported that the activity of Cu/CeQO, catalysts in the WGS
reaction is related to the extent of surface CeO, reduction and the synergetic interactions
between CuO and CeO,; the catalyst activity can be positively modified by adding La as
structure stabilizer [84] or Zr to avoid formation of Ce(lll) hydroxycarbonate [87,88].
Moreover, Gunawardana et al. [91] found that 80% of Cu loading exhibits the best activity

for the WGS reaction in the range 150-360 °C (Fig. 2.14).
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Figure 2.14 The effect of Cu loading on the WGS reaction over copper—ceria catalyst during the
third run in 150-360 °C range. Feed gas composition, CO-5%, CO,-10%, H,0-15%, H,-40% and He-
30% (vol.%), total flow 50 ml/min [91].
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2.4.2 Recent Developments

In recent years, a new generation of catalyst for the WGS reaction has been
developed to operate at intermediate temperature, overcoming the thermodynamic
limits and improving the thermal stability of commercial catalysts [92]. Moreover, this
type of catalysts may operate in one converter instead of the two HTS and LTS reactors,
and therefore, reduce the operation cost. Also, these catalysts provide some benefits:

e a lower S/C ratio in the reformer is possible, without sintering and Fisher-

Tropsch reactions from Fe-based (HTS) catalysts;
* no by-pass control on the PG boiler is needed; this controller is prone to metal
dusting problems.

Other considerations are similar to LTS process, except that another reactor is
needed and an additional exchanger is required to reach MTS process temperatures [92].

Noble metal-containing catalysts have been reported as active and non-
pyrophoric, with activity higher than those of conventional WGS catalysts in the MTS
range, thus potential candidates for the WGS process [93]. The use of supported noble
metal catalysts may offer significant advantages, including operation at higher
temperatures, where kinetics are more favorable, no need of activation prior to the use,
no degradation by exposure to air or temperature cycles and availability of conventional
wash-coating technologies [94]. These catalysts are prepared by the impregnation
method and the effect of the nature of the metallic phase (Pt, Rh, Ru, and Pd) has been
investigated when supported on CeO; [86,92-102], Al,03[92,94], ZrO, [102-105] and TiO,
[92,106-111], and the activity follows the order (Fig. 2.15):

Pt>Rh=Ru>Pd

However, some differences in results may be attributed to the different nature of
the support used [92,112,113]. The reducibility of the support plays a crucial role on the
catalytic performances of dispersed noble metal catalysts [94]. On the other hand, it is
very important to note that Pt—containing catalysts exhibit significantly higher activities
when supported on “reducible” (TiO,, CeO,, La;Os, and YSZ) rather than on “non-

reducible” oxides (Al,03, MgO, and SiO;) [94]. Pt/CeO, catalysts are 15 times more active
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than Pt/Al,03 catalysts [97]. The catalytic performance of supported Pt catalysts for the
single-stage WGS decreases with the order [116]:
Pt/CeO, > Pt/Al,O3> Pt/ZrO, > Pt/MgO > Pt/MgO-Al,03 > commercial
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Figure 2.15 Arrhenius plots of rates (TOF values) of CO conversion obtained for Pt-, Rh-, Ru-, and

Pd-containing catalysts (0.5 wt.%) supported on (A) CeO, and (B) Al,O3 [94].

In fact, introduction of noble metals onto the ceria creates surface defects, which
promote the decomposition of the surface intermediates [14]. Therefore, Ce-supported
precious metals have great potential to be used as WGS catalysts [95,115,116]. Some
experiments on Pt/CeO; catalysts by Johnson Matthey (UK) [43] showed that the catalysts
perform high activity in a range of temperature of 325-400 °C (Fig. 2.16). On the other
hand, the catalysts lose activity under synthetic and real reformate tests due to a further
gradual decrease in the total BET surface area and to the occlusion by Pt particles of the
support. Johnson Matthey also developed a new formulation catalyst (JM8) which
consists of non-pyrophoric Pt-containing species, with improved durability and no
methanation activity between 200 and 500 °C [91,117]. Some authors [96,118-121]
reported Pt ions substituted into CeO, framework to form solid solution catalysts,
showing high activity for the WGS reaction. It is indicated that Pt and Au ions in 10-20 %
La®* doped CeO, catalyst exhibits high CO conversion rate for the WGS reaction at the
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intermediate temperature [118,119]. This type of catalyst is deactivated during a long
time test because of formation of surface carbonate as a result of the interaction of La**
with CO,. Fortunately, addition of Ti in Pt/CeO;leads to a solid solution, which is a highly
active, and to a non-deactivating catalyst for the WGS reaction, due to the presence of
strongly acid Ti** ion leading to no carbonate formation [56]. In addition to Pt/CeO,
catalysts, nano-sized Pt particles stabilize CeO, support against sintering and loss of
surface area [122,123]. Roh et al. [124,125] developed a new method to synthesize nano-
sized CeO, support based on a simultaneous precipitation and digestion of cerium
carbonate. The catalyst prepared by this new method shows a Pt dispersion (79.3 %)
much higher than that previously reported (54.0 %) [126]. Many researchers [92-95]
showed that Pt-based catalysts show higher CO conversion than other metals supported
on CeO,. Therefore, nano-sized Pt/CeO, catalysts may be considered to be promising

candidates for WGS catalyst.
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Figure 2.16 Performance of a new Johnson Matthey Pt-containing WGS catalyst (JM8) compared to

a Pt/CeO; catalyst at the same metal content [43].

Moreover, Jeong and coworkers [107] found that the addition a small amount of
Na (about 2 wt.%) enhances the activity of nano-sized Pt/CeO, catalyst for the WGS
reaction at low temperature. Table 2.3 shows that the addition of Na reduces the Pt

crystallite size from 3.0 nm to 2.2 nm, resulting in a better dispersion of 51.7 % in Na-
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added catalyst compared to that of 37.6 % in a catalyst without Na. In addition, small

amount of silica (5-10 wt.%) greatly improves the catalytic performance of Pt/CeO, [128].

Table 2.3 Characteristics of Pt-Na/CeO, and Pt/CeO, catalysts [107].

S.A° Dispersion” PtSA’ Pt Size”

Camivt %) o (oni)
IPt2Na/CeO, 109 517 128 22
PUCeO: 104 37.6 0.92 30

“Estimated from N: adsorption at —196 °C. "Estimated from CO-chemi-
sorption at 50 °C

It should be noted that a small amount of Fe added into 1 wt.% Pd/CeO, catalyst
significantly increases the WGS reaction rate [93]. Mahadevaiah et al. [118] studied Fe-Pt
supported on CeO; (Cep ssFe0.33Pt0.0202.5) and free-Pt catalyst (Ceg g7F€0.3302-p) Obtained by
low-temperature sonochemical method (Fig. 2.17). Complete CO conversion is observed
at 285 °C for Pt-containing catalyst, while Ce-Fe catalyst achieves the total conversion at
higher temperature. No by-products such as CH3;OH, HCHO and CH, are detected. The
authors finally concluded that Fe substituted ceria (Cegg7Fe03302p) acts as a good
candidate, but the addition of Pt is necessary to have a much higher activity for the WGS

reaction at moderate temperature.
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Figure 2.17 % CO, CO, and H, concentrations in the WGS reaction (gas composition: 2 cm*/min
CO, 30 cm*/min H,0 balance with N2 keeping total gas flow 130 cm®*/min) over Ceg gsFeo33Pto 02026
[118].
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Recently, Au-based catalysts received attention due to their high activity at low
temperature for the WGS reaction [127-135]. Performance of Au-containing catalysts
depends on both Au particle properties and supports [127,136,137]. The high catalytic
performance of Au-containing catalysts is generally related to synergetic effects between
Au and support which involves the formation of intermediates as a result of interaction
between adsorbed reactants and active phase [21,128,129,138]. However, it is still
uncertain if the catalytically active species are metal Au or oxidized Au species [141]. The
final properties are strongly related to the Au particle size and intimate metal-support
interactions in the catalysts, depending on the method of preparation
[66,87,131,136,137,140-147]. The preferred technique for the preparation of highly
dispersed Au-based catalysts is the deposition-precipitation method [129,131,148,149],
that involves the deposition of Au hydroxide onto the support through a chemical
reaction in aqueous solution between HAuCI;*8H,0 and Na,COs. This technique allows to
produce catalysts with narrower particle size distribution, where Au is mainly localized on
the surface of the supports [130,149].

Ceria was previously demonstrated as a suitable support for noble metal
containing catalysts. Au deposited on ceria shows a great activity for the WGS reaction,
moreover, high stability over a long-term test was recorded for this type of Au-containing
catalysts by Andreeva et al. [134]. Furthermore, the performance of Au/CeO, catalyst is
greatly improved by adding rare earth metals (Nd, Eu, Sm, Y, La) [66,146,150,151], Zr
[87,152], Ga [155], Al [147,154], and Fe [155,156]. Fe oxide is also considered as a good
support for Au-containing catalysts, which shows high activity at low temperature due to
specific interaction between Au and ferric oxide support [149,157]; however, deactivation
is observed as a result of sintering of Fe oxide, leading to a significant decrease in the
support surface area [88,158]. Andreeva et al. [134] observed the deactivation of Au-
based catalysts during stability tests, due to agglomeration of Au particles; in this study,
three different catalysts: Pt/CeO,, Au/CeO, and Au/Fe,03 catalysts were tested for 48 h.
Pt-containing sample shows a good stability while the activity of two Au-containing

catalysts rapidly decreases, with higher average size of the Au particles after reaction (Fig.
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2.18) [151]. Whereas CeO, is inactive for the WGS reaction, the Au/CeO, catalyst is
initially very active, with rates that are in some cases superior to those of a commercial

Cu/Zn/Al (Stid-Chemie) catalyst [161].
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Figure 2.18 Deactivation tests for the Pt/CeO, sol-gel, Au/CeO, co-precipitation, and Au/Fe,0s
deposition—precipitation catalysts; (®) Pt/CeO,; (u) Au/Ce02; (n) Au/Fe,03 [151].

Fuentes and coworkers [162] studied Ni-based catalysts obtained from
hydrotalcite-type compounds to find a catalyst able to operate effectively at intermediate
temperature. It was found that Al-Ni-based catalyst (NogsAo.33) IS more active than Cu-
based catalyst (Fig. 2.19); however, Ni-based catalyst shows a low selectivity in the WGS
reaction, which is enhanced by adding small amount of Zn. Furthermore, the activity is
increased with Ni content. The authors concluded that the most promising catalyst for the
WGS reaction is the Ni44ZNnp22A03 Sample, which shows the highest activity in the range
of 250-350 °C and does not produce methane [162].

In the past years, some authors focused on Cu-supported on silica catalysts
(Cu/Si0,) displaying high activity for WGS and H,O dissociation reactions [161-163]. The
catalysts may be prepared by different methods: thermal decomposition of silica-
supported precursor [164], impregnation [166] or Atomic Layer Epitaxy (ALE) technique

[163], which strongly affect the catalyst performance. ALE is a surface-controlled, layer-
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by-layer process that deposits thin films at an atomic scale through self-limiting surface

reactions [167], and recently used for preparation of nano-scale metal catalysts. Chen et

al. [163] reported that ALE-Cu/SiO, catalyst has higher activity than impregnated Cu-
based catalysts (IM-Cu/SiO;) in the WGS reaction (Fig. 2.20). On the other hand, bimetallic

catalyst supported on SiO; (Cu-Ni/SiO, or Zn-Ni/SiO,) prepared by thermal decomposition

shows higher surface area than those on other supports and better WGS activity than

those prepared by impregnation or coprecipitation methods [151,162].
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Figure 2.19 Conversion of CO over Ni- Cu-containing catalysts as a function of the reaction

temperature: NgesAos3(<); NoaaZo22R033 (=); NossZossPossT (A); CoaaZo22R0.33(C); CosslossPoss(u)

[162].
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Figure 2.20 TEM images of ALE-Cu/SiO, and TOF values versus temperature for ALE-Cu/SiO,; 20%
Cu/Zn0/Al,03; 10.3% IM-Cu/SiO,; 2.5% IM-Cu/SiO, [163].
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2.5 Deactivation and Poisoning

It has been demonstrated that deactivation is a multi-step process, with a rapid
decrease in activity occurring during the first 150 h of use, followed by a slow decay over
extended periods of several years [166,167]. The initial decay has been attributed to
particle growth, by two simultaneous but different mechanisms, or to a rapid
agglomeration of very small particles.

The main reason of Fe/Cr deactivation is a thermal sintering which leads to low
surface area, reduction of porosity, increase of particle size and, of course, lower catalyst
activity [169]. Susceptibility to thermal sintering is an intrinsic property of all dispersed
heterogeneous catalysts. In general, Cu-based catalysts are more susceptible than other
metallic catalysts. Early works always report a rapid deactivation, which is due to both
poisoning and a rapid loss of Cu-surface area brought by sintering [1].

HTS catalysts do not normally suffer any problems from poisoning or coke
formation. However, a large amount of H,S and COS present in feed gas, especially in
coal-based plants, may convert the iron oxides to iron sulphide blocking the active sites by

the reactions [1]:

FesO; + 3H,S + Hp, ** 3FeS + 4H,0 AH%qg = - 75.0 ki mol™ (2.22)

COS + H,O ** CO, + H,S AH g = - 34.6 kI mol™* (2.23)

Moreover, if feed gas contains traces of unsaturated hydrocarbons and nitric
oxide, the catalysts can be contaminated by gum containing a high C-content, which
blocks the catalyst pores, and therefore, prevents access of gas to the catalytic sites [1].
These effects can be eliminated by installing a separate guard bed of HTS catalyst which
may be regenerated, that may be done by treating the catalyst at 450 °C with steam
containing 1-2 vol.% of O [1].

Low poisoning resistance is considered as one of most relevant disadvantages of
Cu-based catalysts. Both S- and Cl-containing compounds are main sources of deactivation
of Cu-based catalysts, which can be originated from the feedstock or steam process. Care

must be taken to avoid even very low levels of S in feed gas because sulphiding reaction is
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very favored under LTS conditions (reaction 2.24). Moreover, ZnO can trap the sulphur at

the top of the catalyst bed as zinc sulphide (reaction 2.25), which is more stable than

copper sulphide [1].
2Cu + H,S " CuS + H, AH%05= -59.4 ki/mol (2.24)
Zn0 + H,S " ZnS + H,0 AHgg = -76.6 ki/mol (2.25)

Chlorides act as powerful poison decreasing the activity of LTS catalysts
irreversibly. This is because both Zn and Cu react with HCI to form chloride salts which
have high surface mobility resulting in a destructive destabilization of catalytic activity via
structural changes. In addition, formation of chlorides results in low melting point of the
catalyst (for instance melting point of CuCl is 430 °C). Consequently the catalyst lacks
sufficient thermal stability by sintering during operation [1].

Besides, silica is considered to be a serious problem for LTS catalysts since it
deposits on the surface and finally into the pores of the pellets, where it reacts to form
zinc silicate. This formation reduces the quantity of available free ZnO at the top of the
bed, which is used to absorb poisons such as sulphur and chloride. Consequently, the
catalyst is less resistant to transfer these poisons into the catalyst bed, which deactivates
more rapidly [1].

Other poisons for Cu-based catalysts include arsenic, which might come from
some types of CO, removal systems, and trivalent phosphorous, which could originate

from boiler H,O feed, but in practice, these are rarely encountered in the process gas [1].
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3. Experimental session

3.1 Hydrotalcite-type (HT) structure

Hydrotalcite (HT) is an anionic clay also called Layered Double Hydroxide (LDH)
containing exchangeable anions in the interlayer space, which was firstly reported with
the formula MgsAl2(OH)16CO3ii4H,0 in the year 1842 [1]. HT-type compounds have the
general formula [M? 1., M*(OH)2]**A"/nfimH,0, where M?* is a divalent cation (Mg?',
Ni?*, Zn®, cu®, etc.), while M** is a trivalent cation (AP, Cr¥*, Fe**, etc.), and A"/, is an
anion (COs%, Si0s*, NOg, CI', SO4Z, etc.). Its structure resembles that of brucite, Mg(OH),,
in which Mg?* cations are octahedrally coordinated by hydroxyl ions, sharing the edges
and forming layers of octahedra. When the Mg? cations are replaced by trivalent ions
with similar radius (for example, Al*®), a positive charge is generated in the hydroxyl layer;
this net positive charge is compensated by anions (for example, COs%), which are located
between two brucite-type sheets (Fig. 3.1). Cations, having ionic radii not too different
from that of Mg?*, may form HT-type compounds with some exceptions, for example Cu®*
ions which form HT-type compounds only with another bivalent cation (Table 3.1).
Furthermore, HT-type compounds may exist for the values of x in the range 0.1-0.5, while
pure HT-type compounds may be obtained only for 0.20 < x < 0.33. X values outside this
range lead to an increase in number of neighboring octahedra of the same cation in the

brucite-type sheet and formation of metal hydroxides [1].

Brucite
Mg(OH);

Hydrotalcite
Mg Al OH), ™

Anion (0045, NOy , etc)

Figure 3.1 Crystal structure of HT-type precursor [1].
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Table 3.1 lonic radius of some cations [1].

M* Mg® | Cu® Ni2* Co® Zn?* Fe? Mn? | Cd*

lonicradius(R) | 065 | 069 | 072 | 074 | 074 | 076 | 080 | 097

M AIF* Ga* Ni®* co** Fe3* Mn** cr¥ In*

lonic radius (A) 0.50 0.62 0.62 0.63 0.64 0.66 0.69 0.81

Recently, HT-type compounds have been intensively studied because of many
potential applications, such as anti-acids, catalysts, flame retardants, acid scavengers in
polymer composites and raw materials for high temperature insulating porous ceramics.
This is due to the fact that they provide mixed oxides by calcination with [1-4]:

1) high surface area;

2) chemical homogeneity and strong Lewis basic sites;

3) very small crystal size, stable to thermal treatments, which may form
thermally stable metal crystallites by reduction;

4) “memory effect”’, which allows the reconstruction, under mild conditions,
of the original HT-type structure when the product of the thermal

treatment is put in contact with water solutions containing various anions.

3.2 Preparation of samples from HT-type precursors
The Cu/Zn/Mg/Al HT-type precursors (Table 3.2) were prepared such as reported
in figure 3.2.

1) Preparation of 2M nitrate solution of Cu, Zn, Mg and Al, in the compositions
reported in Table 3.2, and 1M solution of sodium hydrocarbonate as
precipitant.

2) Co-precipitation by adding slowly the nitrate solution of metals into sodium
hydrocarbonate solution, stirred at 60 °C. The pH was carefully kept at 9.0
using drops of 3M NaOH solution. The precipitate was then aged at 60 °C for

45 min.
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3) The obtained precipitate was filtered, washed carefully by a large amount of
distilled water (400 mL/gHT) at 70 °C, and dried for 12 h at 70 °C.

4) The HT-type precipitate was then ground into powder and calcined at 550 °C
for 6 h.

Metal nitrates in composition

J

Dissolution in de-ionized water

J

 —

l

Ageing at 60 °C for 45 min

I

.

4

Drying for 12 hat 70 °C

!

Calcination of powder at 550 °C for 6 h

.

Figure 3.2 Schematic diagram of the sample preparation.

Table 3.2 Nominal composition of the HT-type precursors (the anions are always carbonates).

1L

sample Cu/Zn/Mg/Al M"/M Zn/Mg Cu Zn Mg Al
P (at. ratio %) wt.%) | wew) | wetw) | weew)
HT-ZAC13c 11.6/63.4/0/25.0 3 - 100 | 564 - 9.2
HT-ZAC23c 23.1/51.9/0/25.0 3 - 200 | 463 - 9.2
HT-ZAC33¢ 34.5/40.5/0/25.0 3 - 300 | 362 - 9.2
HT-ZAC22¢ 22.3/44.4/0/33.3 2 - 200 | 410 - 12.7
HT-ZAC23cM1 | 19.6/27.7/27.7/25.0 3 1 200 | 212 | 1209 | 109
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3.3 Characterization methods

3.3.1 X-Ray diffraction analysis (XRD)
The XRD powder analysis has been carried out using a Philips PW1050/81

diffractometer equipped with a graphite monochromator in the diffracted beam and
controlled by a PW1710 unit (Cu Ka, A = 0.15418 nm) (Fig. 3.3). A 26 range from 5° to 80°

has been investigated, using a step size of 0.1° and a time per step of 2 sec.

Detu:a\rﬁ_ ra

Detector

slit

Receiving
slit Soller

Secondary
Monochromator

Figure 3.3 Scheme of the instrument for the X-ray diffraction analysis [5].

The phases present in the patterns have been analyzed using the Bragg’'s law
(Equation 3.1 and Fig. 3.4), in order to calculate the d values to be compared with those

reported in the literature [4,5] and collected in a database X’'Pert Highscore software.

nl =2dsin@ (3.1)

where:
n = order of the reflection (an integer);
| =wavelength of the X-ray beam incident on a crystal with lattice planes;
d = distance between atomic layers in a crystal;
g = diffraction angle.
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Figure 3.4 Scheme of X-ray diffraction phenomena [5].

The particle size (D) has been calculated using the Debye-Scherrer’s formula
(Equation 3.2).

kl

B cos O (3.2

where:
k = a dimensionless constant that may range from 0.89 to 1.39 depending on
the specific geometry of the scattering objects, but assumed = 1 because its
exact calculation requires a fitting between the obtained diffractograms and
that of a perfect crystalline sample;
| =wavelength of the incident X-ray beam;
b = B-b, the integral breadth of a reflection at the 2q value, B is the FWHM,
while b is the instrumental distortion (i.e. FWHM in the same conditions for a
material with crystallite size > 1000 A);

g = diffraction angle.

3.3.2 Temperature programmed analysis (TPR)

The reduction profiles have been measured using a ThermoQuest Instrument
TPD/R/0O 1100 Catalytic Surface Analyser, equipped by a Thermal Conductivity Detector
(TCD) (Fig. 3.5). The analysis was carried out loading 0.05 g of sample and using the

following procedure:
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1) Pre-treatment: the sample was pre-treated under N, (20 mL/min) from room
temperature to 150 °C (20 °C/min) and hold for 30 min at 150 °C.

2) Reduction: after cooling until 60 °C, the reduction analysis was performed
using a 5 % v/v Hy/Ar gas mixture (20 mL/min) up to 550 °C (10 °C/min) and

hold for 60 min at this temperature.

[I-% vent

quarz
reactor

FPC

oven

TPC

Figure 3.5 Scheme of TPD/R/O instrument.

3.3.3 Surface area and porosity analysis

The surface area values of the catalysts were determined by N-physisorption at —
196 °C by the Brunauer-Emmet-Teller (BET) method (Equation 3.3) [7], using a
Micromeritics ASAP 2020 (Accelerated Surface Area and Porosimetry System). The sample
(0.25 g) was pre-treated at 200 °C under vacuum to eliminate impurities and water
superficial adsorbed; subsequently, it was analyzed in a liquid N, bath.

P 1 c-1 P

V(Pq—P) V,.C V.C P, (33)

where:

- P=-equilibrium pressure;
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Po = saturation pressure of adsorbate at the temperature of adsorption;

V = adsorbed gas quantity (i.e. volume of adsorbed gas per gram of solid at P);
Vi = monolayer adsorbed gas quantity (adsorbed N, volume per gram);

C = (E1-EL/RT) is the BET constant; E; is the heat of adsorption for the first layer,
and E_ is that for the second (or higher) layer, assumed to be equal to the heat

of liquefaction.

This equation is linear in the range 0.05 < P/Py< 0.35 of relative pressure; Vy, and C

are calculated from the slope value (C-1/Vy,C) and the y-intercept (1/V,C). The specific

surface (Sger, m?/g) is calculated by the following equation:

where:

0y —V’"N k
BET Vo AgCAT

Vim = monolayer adsorbed gas quantity (adsorbed N, volume per gram);
Vo= molar adsorbed gas volume;

Na = 6.0221418x10% mol™, Avogadro number;

k = conversion factor, takes into account also density and molar weight of
adsorbed gas;

gcar = Sample weight.

The porosity analysis has also been carried out using the Micromeritics ASAP 2020.

All samples (0.25 g) were previously degassed under vacuum at 150 °C until a pressure of

30 um Hg was reached and maintained for 30 min. Finally, they were heated up to 250 °C

and maintained for 30 min. After the pre-treatment, the sample holder was moved to the

analysis section. The N, adsorption/desorption analysis at -196 °C followed a protocol that

consisted in establishing of list of target pressure at which data were collected. In this

case, the instrument uses desorption isothermal curve, i.e. the volume of desorbed N, as

a function of the relative pressure, calculating the pore volume and size distribution

applying the BJH equation (Table 3.3) [7].
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Table 3.3 Classification of pore size distribution and appropriate method of analysis.

TYPE SIZE (nm) ANALYSIS
Micropores <2 Gas Physisorption
Mesopores 2-50 Gas Physisorption
Macropores 50-400 Gas Physisorption
Macropores and Interparticle voids >400 Hg Intrusion

3.3.4 Determination of the specific Cu surface area
The specific Cu surface area was measured using N,O-chemisorption on the Cu
metal surface together with its decomposition (reaction 3.5) [9-16]. The amounts of

unreacted N,O and formed N, were determined by a Pulse Chromatography (PC) [11,13].

ZCUS + Nzo b N2 + CUS‘O'CUS (35)

where “s” is a surface atom.

The results strongly depend on the operating conditions (temperature, contact
time, concentration of N0, size of the particles of Cu, degassing pressure and time, etc.);
therefore, they cannot be directly compared with those reported in literature. In this
study, the specific area of metallic Cu was calculated from the total amount of N,O
consumption, using a Cu density of 1.46x10* Cu atoms/m? and a molar stoichiometry
Cu/N,0=2. The measurement was carried out by loading 100 mg of sample in a small
stainless-steel reactor placed inside a GC with a TCD, equipped with a Porapak Q column
to separate N, and N,O. The analysis was operated at ambient pressure and described by
the following steps (Fig. 3.6):

1) The sample was reduced with a flow of 5 % v/v H,/N, from 40 to 220 °C (10

°C/min) and subsequent hold for 1 h at this temperature.

2) Possible presence of H, on sample surface was completely removed by flushing

a He stream through the reactor for 20 min and then cooling the catalyst at 60

°C (10 °C / min).
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3) The analysis was carried out by introducing successive pulses of 1.0 mL of N,O

into a He flow by a 6-port valve until the N,O area was constant (10 pulses ca.).

Z0 " Ao0coma=a
OZ—~—zZrrmron

C = column
R = reactor (100 mg)
L =loop (1 cc)
[y
e @) Hs = 5%v/v Hy/N,
Reduction = 80 mL/min
250
2 200
u 150 7
L S0 |/
50 J/
S vent 0 T T - ,
E 0 20 40 60 80
t [min]
He =18 mL/min

N,O = 50 mL/min

Figure 3.6 Configuration of 6-port valve for the metallic Cu surface analysis (L=loop; R=reactor;

C=column).

3.4 Plant specifications

3.4.1 Catalyst shape

The powder of mixed oxides obtained by calcination of HT-type precursors was
pressed at 10 tons for 15 min to obtain a tablet, crashed and pelletized to 30-40 mesh to
optimize the radial temperature gradient, reducing the diffusion effect (dreactor/catalyst 2 5).
Moreover, the minimum length of catalytic bed was selected to prevent preferential

paths, which may change the contact time in real conditions (dreactor/dcatalyst = 10) [16].
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3.4.2 Reduction step
Before the catalytic test, the MTS catalyst must be activated by reduction. The
activation was performed feeding a mixture of H,/N, at 10 bars, with a Gas Hourly Space
Velocity (GHSV) between 300 and 400 h™. The reduction was described by the following
procedure (Fig. 3.7):
1) O, present in the reactor was removed completely using flow of N, and heating
up to 175 °C (1 °C/min) in 90 min.
2) At 175 °C, the reduction started using a flow of 1.2 % v/v H,/N,and hold for 2 h
at this temperature.
3) The temperature was then increased to 220 °C (1 °C/min) without changing the
composition of the flow gas.
4) At 220 °C, H, was added up to 4 % v/v H,/N, and hold for 20 h.
5) The reduction was considered to be finished when a consumption of H, less

than 0.2 % for a time longer than 2 h was observed, measured by gas

chromatography.
L p240
4 1 F - -
: ! :_:::
1*/min -
— i " : - — -H_profile F
fa s | = 130
E ? | ' —— Reduction profile [
2 I SR
[ =
2 | o 2
[ ] 1 B E
= z 4 1*/ml 1 F 2—
= , : =
o 1 o o
E | F 3
8 | 0 O
o] el .
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. -
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Figure 3.7 Reduction procedure of the MTS catalysts.
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3.4.3 Lab-scale Pilot Plant
The catalytic tests were carried out in a laboratory pilot plant, which can be

schematized into 4 sections: feed, reaction, separation and analysis section (Fig. 3.8).

wA]

Process Flow Diagram (PFD)
Lab-scale Pilot Plant for the Water-Gas Shift process

Figure 3.8 Process Flow Diagram (PFD) of the lab-scale pilot plant.

The feed section consisted of three gas lines [Ny, H, and Dry Gas (DG)] and one line
to feed H,0. Gas flow rates were controlled by thermal Mass Flow Controllers (MFC),
while the flow of distilled H,O was fed by a HPLC pump. Before being mixed with the DG,
H,O was vaporized at 215 °C. The total gas flow rate was checked again at the exit by
drum-type gas-meter to confirm the accuracy of set-up values. Moreover, a by-pass line
was used to analyze the composition of inlet gas without crossing the catalyst bed.

The reaction section was composed of a fixed bed tubular reactor (INCOLOY
800HT: 19-23% Cr/30-35% Ni/39.5% Fe/0.06-0.1% C) with an internal diameter of 10 mm,
placed vertically inside an electric oven. The temperature profile of catalyst was measured

using a thermocouple (cromel/alumel, d = 0.8 mm) inserted inside the reactor. The
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catalyst was loaded in the isothermal zone between two layers of inert material
(corundum 20 mesh) (Fig. 3.9). The pressure was controlled and maintained constant by a
controller placed at the exit of the reactor. The unreacted water was completely
separated from the outlet stream by a cooled gas-liquid separator maintained at 0 °C,
followed by a trap system filled with a dehydrator agent (drierite, CaSO,4, impregnated
with a salt of Co as indicator). Finally, the outlet stream was analyzed by a GC equipped

with a needle valve to regulate the gas flow into the GC.

inert

CATALYST

inert

Figure 3.9 Pictures of the lab-scale pilot plant and tubular reactor.

3.4.4 Activity Tests

The activity tests simulated the industrial conditions, which depend on different
parameters (Table 3.4): pressure (P), temperature measured at the outlet of the catalytic
bed (T), Steam to Dry Gas ratio (5/DG) and contact time (t). The study was focused not

only on the activity test at middle temperature, but also to optimize the reaction
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conditions with low S/DG ratio and contact time values, thus ensuring a lower overhead
of the plant. Moreover, to evaluate the stability with Time-Of-Stream (TOS), all catalysts
were tested for 100 h at 300 °C, T = 1.0 sec and the lower S/DG ratio (0.25).

Table 3.4 List of the tests carried out for the WGS process.

OPERATING WET
CONDITIONS GAS

Texp (°C) Pexo(°C) | S/DG (v/v) | S/C (v/v) T(s) GHSV (h?)
250 15 0,55 1,96 0,50 7200
250 15 0,55 1,96 1,00 3600
250 15 0,25 0,89 1,00 3600
300 15 0,55 1,96 0,25 14400
300 15 0,55 1,96 0,5 7200
300 15 0,55 1,96 1,00 3600
300 15 0,25 0,89 1,00 3600
350 15 0,55 1,96 0,50 7200
350 15 0,55 1,96 1,00 3600
350 15 0,25 0,89 1,00 3600

3.5 Quali-quantitative analysis

3.5.1 GasChromatography

The composition of outlet gas was determined using an online GC (PERKIN ELMER
Auto System XL), equipped with a Carbosphere 80/100 packed column (6 ft x 1/8 in. outer
diameter), able to separate H,, CO, CO, and CH4 at 120 °C. The H, amount was detected
by a TCD (carrier gas = N,) whereas CO, CO, and CH, were detected by a Flame lonization
Detector (FID), with a methanator before to convert CO and CO, into CH,, detectable by
the FID (Fig. 3.10). A six-port valve was used to inject a constant volume into the column

using a sampling loop of 1.0 mL (Fig. 3.11).
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FID TCD

CO CHa CO: H>

AN

Figure 3.10 Examples of typical FID and TCD chromatograms of outlet synthesis gas.

A’ LOADING I‘) INJECTION

sample vent sample vent

al

column carrier column carrier

Figure 3.11 6-port valve to inject flow non-stop: (A) LOAD position; (B) INJECT position.

3.5.2 Dataelaboration

The data obtained from the GC analysis showing the DG composition after
reaction, together with the total amount of condensed water, allow to calculate the
conversion (), selectivity (S), yield (Y) and mass balance (Cour/n) values, by using the

following formulas:
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CO conversion

co IN __ co ouT co ouT O/COOUTFOUT
_ [coy™ - [co] [cO] 1:<_° DG>1OO

- 100 =1 -
Xco [COTN [COT™ %CONFIY

H,O conversion

_ [H201"™N — [H20]°YT 100 = 1 [H20]°UT 100 = (1 vour 1,006) 100
Aiizo [H20]™ [H20]™ Flfotsream
Selectivity
¥ AO0UT __ 1IN 0/ 'OUTFOUT _ 0/ 'INFIN
5 = U p00= T U ypg o (T Fod — W Foe ),
[COT™ — [COToUT [COT™ — [COTovT %CONELY — %COOUTFSE

where j = CO,,CHz,H2

H, yield
_[H2] _[H2]0T — [H2N  (%H20UTFQYT — %H2INELY
Yz = foopw 1% T oo - HCOF] 0
_ [H2] _ [H2] [col™ - [CO]OUT _ XcoSn2
Yz = Tcoym 100= [CO]'N — [coTovT [co]N 100 =" 60
C balance
. _ [CO]OUT + [CH4]OUT + [COZ]OUT
%Coyr/in = [COT™ + [CHATN + [CO2]™ 100
_ (%CO°UT + %CHAOUT + %C02°VT FRiT L
_< %CON + %CHAN + %CO2'N  FlN ) 00
Nomenclature
%CO™ = Inlet percentage of CO %CO°Y" = Outlet percentage of CO
%CH," = Inlet percentage of CH, %CH,°"" = Outlet percentage of CH,
%CO,™ = Inlet percentage of CO, %CO,°"" = Outlet percentage of CO,
%H," = Inlet percentage of H, %H,°"" = Outlet percentage of H,
Fos™ = Inlet flow of Dry Gas Foc"' = Outlet flow of Dry Gas
Froo™ = Inlet flow of H,0 ViolUT = Outlet volume of H,0
tstream = time of stream
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4. Results and Discussion

It has been reported that the performances of the Cu/ZnO/Al,O3 catalysts in the
WGS reaction are significantly affected by the Cu particle properties [1] and synergetic
interactions between Cu and ZnO [2-4], probably depending on the Cu and Zn contents
[5,6]. High amounts of Cu favor the WGS reaction at low temperature, while the increase
of temperature favors the side reactions and sintering [7]. Furthermore, supported
catalysts with a Cu content lower than 30 wt.% may show high activity, selectivity and
resistance to sintering [8]. To evaluate the effect of Cu content on the WGS activity, three
catalysts (ZAC13c, ZAC23c and ZAC33c) were prepared from HT-type precursors,
maintaining the molar ratio (Cu+zn)/Al = 3.00 and changing the Cu and Zn contents [9,10].

Al content affects the precursor structure and active phase availability [11], and an
amount of Al from 0.20 to 0.33 mol/mol is necessary to obtain pure HT-type compounds
[9,12]. Thus, the role of Al was investigated by studying two catalysts with molar ratios
M"/M" of 2.00 and 3.00 (ZAC22c and ZAC23c), keeping the amount of Cu constant.

In order to define the role of the Cu surface area and ZnO, this latter was partially
substituted by MgO in the HT-type precursor [13], to obtain a Zn/Mg molar ratio of 1.00
(ZAC23cM1), maintaining unchanged the Cu amount and M"/M" ratio.

4.1 Role of Cucontent

4.1.1 Characterization of precursors and catalysts

Figure 4.1 shows the XRD patterns of the precursors with different Cu contents,
presenting HT-type and ZnO phases in all the samples, while malachite [Cu2(CO3)(OH).] is
only observed for HT-ZAC33c, with the highest Cu content. Furthermore, the HT-type
peaks in HT-ZAC13c and HT-ZAC23c are more intense than those in ZAC33c, suggesting
that the HT-type structure is better organized in the catalysts with lower Cu contents.
However, the highest BET surface area (Table 4.1) is observed for HT-ZAC33c. The XRD

patterns of the calcined HT-type precursors (Fig. 4.2) show the decomposition to ZnO,

58



without evidences of Cu-containing species, with the exception of ZAC33c, in which also

CuO is formed. This may be justified by the fact that the high Cu amount is not stabilized

inside the HT-type structure.

Signal Intensity Jau. |

Position [* 2Theta]

§ - HT
* - n0
- malachite

§ 55 {,;':

, I‘\—«»-—J *u-w”u J \,J J\’\J\ww

70 80

Figure 4.1 XRD patterns of the HT-type precursors: (a): HT-ZAC13c; (b): HT-ZAC23c; (c): HT-ZAC33c.

Table 4.1 Characterization of the HT-type precursors.

Sample (w(iuo %) Phase detected by XRD dH(Tn(r?]())S) BET s(unr:‘za;; area
HT-ZAC13c 10 HT and ZnO 31 26
HT-ZAC23c 20 HT and ZnO 33 32
HT-ZAC33c 30 HT, ZnO and malachite 35 42

Table 4.2 shows the surface area and porosity of the calcined samples (before and

after reaction), determined by either BET or N,O-chemisorption methods. Unlike to that

previously reported for the HT-type precursors, the calcined samples exhibit decreases in

BET surface area and Cu dispersion by increasing the Cu content.
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Figure 4.2 XRD patterns of the calcined HT-type precursors before and after reaction: (al): ZAC13c
before reaction; (a2): ZAC23c before reaction; (a3): ZAC33c before reaction; (b1): ZAC13c after
reaction; (b2): ZAC23c after reaction; (b3): ZAC33c after reaction.

Table 4.2 Characterization of the calcined HT-type precursors before and after reaction.

BET

Cu

Cu

Dew  Pore Pore
Sample Phase detected surface surface surface volume diameter
by XRD area area area (%) (cmg /9) (nm)
(Mg  (M/gew)  (M?/gc)
before Zn0O 62 3.5 35.0 54 0.34 20
ZAC13c ;
ZnO, spinel, CuO
after (trace), Cu'(trace) 34 31 35.0 4.8 0.33 31
before Zn0 48 4.9 24.5 3.8 0.35 28
ZAC23c :
after  2N0: spinel, CUO 34 5.1 255 39 035 34
(trace), Cu
before ZnO and CuO 22 3.9 13.0 2.0 0.16 27
ZAC33c 0
after  CU Cu0.Zn0, 18 3.9 13.0 20 014 24
spinel
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The TPR profiles of Cu-based catalysts represent the reduction of different Cu?*
species, in interaction with various oxides (Table 4.3) [14-19]. The TPR profiles of the
calcined HT-type precursors show a complete reduction at about 350 °C, attributed to the
transformation of Cu® to Cu® (Figure 4.3). The reduction peak, asymmetric and with a tail
towards lower temperature, may be assigned to the overlap of reduction processes of
different Cu®* species [20,21]. Maximum of the reduction peaks occurs between 280-320
°C and moves to higher temperature by increasing the Zn content. ZnO may enhance the
reducibility of Cu phases by formation of highly dispersed Cu particles on ZnO or reduce it
by strong interactions between Cu and the support (such as observed in the present

catalysts). Moreover, ZnO does not show any reduction peak up to 350 °C [22].

Table 4.3 Reduction of the Cu species as a function of the temperature [14-19].

Cu species Reduction Description Reduction process
temperature (°C)

Cu2+ 'L} Cul+

Surface CuO 160-250 well-dispersed metal particles cu? orcu ol

CuO dissolved in ZnO lattice,

2+ 1+ ww 0
r
structural CuO Cu™ or Cu Cu

CuO 250-330

Spinel of Cu 400-600 Cu® in the matrix cu® o

The reflections of ZnO, spinel, CuO and metallic Cu are observed in all the samples
after reaction (Fig. 4.2). The lines of the spinel become broader from ZAC13c to ZAC23c
and almost disappear in ZAC33c, suggesting that part of Cu is inside the spinel before
reaction in the catalysts with low Cu contents. The small CuO and high Cu amounts for the
spent ZAC33c suggest a surface reoxidation (passivation) of large Cu® particles.

The TPR profiles of the spent catalysts (Fig. 4.3) are shifted towards lower
temperature (about 60-80 °C) than in the catalysts before reaction, due to weaker
interactions between the Cu-containing species and the support after reaction. For all the
samples, the peak at high temperature (about 550 °C) may be attributed to the reduction
of Cu spinel (CuAl,Q,4), suggesting that it does not participate to the reaction [23].

61



219 500
- 5
- L ]
i I 400 _
3 '] — ZAC13cfresh £
[ =
3 :
£ 1y - == FZAC13cspent ®
(@) F ' - "%
q L | 3
E ] -E
z 200
100
: v - L 0
0 500 1000 1500 2000 2500 3000 3500 4000 4500
Time [s]
]- G00
500
3
i — ZAC23c fresh 400 _
; === ZAC23cspent 300 &
) ]
! -
z 200
100
| —— 0
0 500 1000 1500 2000 2500 3000 3500 4000 4500
Time (5]
- B00
318 300
i e _
E — ZAC33c fresh T
& §
¥ ==== ZAC33cspent 00 ¥
©) £
z 200
100
» b, SRR o R —
0 500 1000 1500 2000 2500 3000 3500 4000 8500
Time [3]

Figure 4.3 TPR profiles of the catalysts before (fresh) and after (spent) reaction: (a): ZAC13c; (b):
ZAC23c; (c): ZAC33c
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All the catalysts show a decrease of BET surface area after reaction, may be due to
the sintering phenomena (Table 4.2). Considering its low Cu® surface area per gram of
catalyst (although with the best value per gram of Cu), the high catalytic activity of
ZAC13c (see next section 4.1.2) may be mainly attributed to synergetic interactions
between Cu and ZnO [24]. ZAC23c presents the highest Cu® surface area per gram of
catalyst, leading to the highest CO conversion among the three catalysts (best
compromise between Cu surface area and Cu/ZnO interactions), while the very low
activity of ZAC33c may be due to the low Cu dispersion.

The pore distributions of the samples are shown in figure 4.4, in which the
presence of small pores (2-4 nm) is significant in ZAC13c and decreases with the Cu
content. After reaction, all the samples show the disappearance of the 3-4 nm pores, a
decrease of pores with diameter of 10-40 nm and a corresponding formation of larger
pores. The adsorption isotherms of the catalysts (not shown) belong to type 4 of IUPAC
classification, characteristics of 2-50 nm mesopores. Notwithstanding the decrease in
surface areas, the pore volumes remain constant in all the samples, showing a partial

collapse of the small pores and formation of larger ones (Table 4.2).

4.1.2 Catalytic activity

The effect of Cu content on the catalytic activity is studied using the three
catalysts, ZAC13c, ZAC23c and ZAC33c, (10, 20 and 30 wt.% of Cu, respectively), pelletized
to 30-40 mesh. Before the tests, they were activated by reduction as described in section

3.4.2. The activity data are summarized in Table 4.4.

Table 4.4 CO conversion and H, yield for the catalysts with different Cu contents.

T [Pc] | 250 250 250 | 300 300 300 300 | 350 350 350
$/DG  [V/v] | 055 025 055 | 055 055 025 055 | 055 025 055
. [sec] | 050 100 100 | 0.25 050 1.00 1.00 | 0.50 1.00 1.00

ZACISC P Yield  [%] | 76

ZAC23c

H,Yield  [%] 86

ZA .
C33¢ ", Yield o] 24 24 37 25 45 42 64 69 57 75

64



Activity vs Steam to Dry Gas ratio (contact time = 1.0 sec)
BCO WH2 BCOZ =CO[Eq)

o 250°C 300°C
80 | _
8o | =
70
60
g
# 5
(@ =2
o 40
ETL)
o
10
o
0,25 0.55 0,25 0,55
S/0G [v/v]
Activity vs contact time (5/DG = 0.55 VfV)
BCO WHI ECO2 -0 (Eq)
100 250°C 300°C
90
&0
70
g
]
(O
("1
i
U 40
30
20
10
o
0,50 1,00 0,25 0,50 1,00

T [sec)

Figure 4.5 Activity of ZAC13c as a function of S/DG (a) and contact time (b)
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The catalyst ZAC13c shows a good catalytic activity at all the temperatures. The
decrease of S/DG ratio (Fig. 4.5a), from 0.55 to 0.25 v/v, worsens the catalytic
performances at all the temperatures: for example, at 250 °C and with a contact time (t)
of 1.00 sec, the CO conversion decreases from 89 to 58 %. At 300 °C, with reaction
conditions (S/DG = 0.55 v/v; T = 0.50 and 1.00 sec) similar to those used in the industrial
plants, the CO conversion reaches the equilibrium values (Fig. 4.5b). At higher
temperature (350 °C), the contact time has a slight influence on the catalytic
performances, while at 300 °C and 0.25 sec, a remarkable reduction of CO conversion may
be observed. At 250 °C, the catalyst is sensitive to changes of the contact time, and the CO
conversion decreases from 89 to 76 % as the contact time reduces from 1.00 to 0.50 sec
(Fig. 4.6). The yield of H, shows the same trends of CO conversion in all operating
conditions, together with high selectivity in CO, (> 97 %), allowing to exclude the presence

of significant side reactions.
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Figure 4.6 CO conversion of ZAC13c at different contact time, S/DG and temperature values.
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Activity vs Steam to Dry Gas ratio (contact time = 1.0 sec)
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Figure 4.7 Activity of ZAC23c as a function of S/DG (a) and contact time (b)
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The catalyst ZAC23c, in which the Cu content is two times higher than that in
ZAC13c, shows an improvement in catalytic activity at 250 °C, with 86 % of CO conversion
compared to 76 % in ZAC13c (S/DG=0.55 v/v; 1=0.50 sec) (Table 4.4). As for ZAC13c, the
decrease of S/DG ratio (Fig. 4.7a) affects negatively the catalytic performances, the CO
conversion decreasing from 92 to 68 % when the S/DG changes from 0.55 to 0.25 v/v (T =
250 °C). At higher temperature, the influence of S/DG on the activity is lower than for
ZAC13c, and CO conversion and H, yield achieve the equilibrium values. Unlike to that
previously reported for ZAC13c, the contact time has a lower influence on the catalytic
performances at 250 °C (Fig. 4.7b), with the CO conversion almost unchanged (= 93 %) as
the contact time reduces from 1.00 to 0.50 sec. At 300 °C, significant decreases in CO
conversion and H; yield are observed only at very low contact time (0.25 sec) (Fig. 4.8).
Considering the trends of both CO conversion and H; yield, no evidence of side reactions

is observed also for this catalyst.
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Figure 4.8 CO conversion of ZAC23c at different contact time, S/DG and temperature values.
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The catalyst ZAC33c, in which the Cu content is three times higher than that in the
first catalyst (ZAC13c), turns down the hypothesis on a further improvement in the
catalytic performances at 250 °C with the Cu content (Table 4.4). The sample shows a
catalytic activity far from the equilibrium values (Fig. 4.9), and the effects of the S/DG
ratio and contact time on the catalytic performances are similar at all the temperatures.
At 350 °C, the reduction of the catalytic activity, decreasing the S/DG ratio from 0.55 to
0.25 v/v (t = 1.00 sec), is more remarkable than in the previous catalysts (from 75 to 57 %
of CO conversion). Unlike ZAC13c and ZAC23c, where the CO conversion tends to
decrease at higher temperature, the CO conversion of this catalyst achieves the highest
value at 350 °C (S/DG = 0.55 v/v; t = 1.00 sec); being always the activity far from the

equilibrium, the temperature affect kinetically the reaction rate.
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Figure 4.9 CO conversion of ZAC33c at different contact time, S/DG and temperature values.

4.1.3 Stability of the catalysts
The outlet gas composition as a function of the reaction time is an industrial
important parameter to evaluate the catalyst stability; therefore, it was studied the

deactivation of the catalysts over 100 h at 300 °C, using S/DG of 0.25 v/v and contact time
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of 1.0 sec. All the samples exhibit a good stability over the test; as an example, for the

ZAC13c, the gas mixture remains constant and closed to the equilibrium value; in fact,

after more than 100 h of Time On Stream (TOS), the quantity of CO increases only of
about 0.7 % (Fig. 4.10).
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Figure 4.10 Stability of the ZAC13c catalyst (T =300 °C; P = 15 bar; S/DG = 0.25 v/v; 1= 1.0 sec).

4.1.4 Preliminary conclusions

a)

The BET surface area decreases by increasing the Cu content, both before and
after reaction. However, this parameter does not seem critical for the catalytic
activity.

The trend of metallic Cu area values (Fig. 4.11) evidences that the catalytic activity
does not depend only on this parameter, but also on the synergetic interactions
between Cu and ZnO [24], which favors the stabilization of formate-type
intermediates by spillover [11,25].

The ZAC23c catalyst represents the best compromise between increase of metallic
Cu surface area and decrease of Zn content to maintain constant the M"/M" ratio.
A further increase in Cu content worsens the CO conversion, due to the formation
of large metallic Cu particles, with a low Cu dispersion, while the lower activity of
ZAC13c may be attributed to the smaller metallic Cu area.

70



[ERN
o

100

[% v/V]
[ |
o o

A O
o O

MSA after reaction [m?/g.,]

CO conversion

%
/

—e -250°C
—&— 300 °C
--A--350°C
-++3 -+ Cu metallic surface

=N
o O

T ¥ ¥ ¥ T ¥ ¥ ¥ ¥
o = N w S ol [op} ~ [0} o

0 ;
10 20  Cucontent (wt.%) 30

Figure 4.11 Effect of Cu loading on the WGS activity over the Cu/ZnO/Al,0O5 catalysts. (Reaction
conditions: H,/CO/CH,/CO, = 72.0/18.8/4.6/4.6 v/v; P = 15 bar; S/DG = 0.55 v/v; contact time =
0.5 sec; T =250, 300 and 350 °C).

4.2 Role of Al content

4.2.1 Characterization of HT-type precursors and catalysts

Two catalysts with different Al content (25.0 and 33.3 mol % of Al for ZAC23c and
ZAC22c, respectively) were prepared starting from HT-type precursors, maintaining the Cu
content constant (20 wt.%). The XRD patterns of the precursors (Fig. 4.12) show the
presence of a HT-type phase in both samples, while ZnO is observed only for HT-ZAC23c. It
is reported that, in the Cu-based HT-type precursor, a Cu®*/M" ratio < 1.00 and a M"/M"
ratio in the range 0.20-0.33 are important factors to obtain pure HT-type precursors [9].
Despite that, co-precipitation conditions are critical factors to prepare pure HT-type
phases, and may give rise to other phases, such as observed for HT-ZAC23c. The sharp and
symmetrical HT-type reflections suggest the presence of well-organized HT-type structure
in both samples [9]. After calcination (Fig. 4.13), it may be observed the decomposition of
the HT-type precursors to mixed oxides without any presence of segregated Cu-containing

species. The broader profile of the calcined HT-ZAC22c suggests a better dispersion of Cu
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and ZnO particles than in the sample with lower Al content, in agreement with the smaller
particle size (Table 4.5) [21,26]. Moreover, both precursors show similar BET surface area
values (Table 4.5), suggesting that this parameter does not significantly depend on M"/M"
ratio in the HT-type precursors. The BET surface area of both samples (Table 4.6)
increases after calcination [9], with a higher value for the sample obtained from a pure

HT-type precursor (ZAC22c).

Signal Intensity [a.u.]

10 20 30 40 50 60 70 30
Position [°2Theta]

Figure 4.12 XRD patterns of the HT-type precursors: (a): HT-ZAC23c; (b): HT-ZAC22c.

After reaction, both samples show an increase of crystallinity with the presence of
metallic Cu, evidencing sintering phenomena during the reaction and a surface
passivation of the large Cu® particles during the unloading (Fig. 4.13), with more intense
Cu metallic and ZnO reflections for ZAC23c. Moreover, the BET surface area values (Table
4.6) of ZAC23c and ZAC22c decrease by about 20-30 % after reaction. Both these results
suggest more significant sintering phenomena in ZAC23c than in ZAC22c. The Cu surface
area remains practically unchanged after reaction, evidencing that HT-type phases are
good precursors to obtain thermally stable Cu-containing species. The higher Cu and BET
surface area values for ZAC22c let us hypothesize a high catalytic activity (see next section

4.2.2).
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reaction.

Table 4.5 Characterization of the HT-type precursors.

Sample M'/M" Al Phase detected dur(003) BET aSrLé:ace
i (mol %) by XRD (nm) §
(m*/9)
HT-ZAC23c 3 25.0 HT and ZnO 33 32
HT-zAC22c 2 33.3 HT 04 %

Table 4.6 Characterization of the calcined HT-type precursors (before and after reaction).

BET Cu Cu )
Do, Pore ore
Sample Phase detected surface surface surface volume diameter
by XRD area area area (%) (cm¥/g) (nm)
(M79) (M) (M*/g0) ’
before ZnO-type 48 4.9 24.5 3.8 0.35 28
ZAC23c i
after  2"0: spinel, CuO 34 5.1 255 39 035 34
(trace), Cu
before ZnO-type 54 7.1 35.5 9.2 0.35 23
ZAC22c i
after  ZNO: spinel, CuO 43 6.8 34.0 92 037 28

(trace), cu’
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Figure 4.14 shows that the pore size distribution of both catalysts before reaction
is bimodal, with the first peak at about 3-4 nm and the second one between 30 and 40
nm. After reaction, the smaller pores disappear in both samples, with a decrease of the
second peak and a shift towards higher diameters evident only in ZAC23c. The average
diameter (Table 4.6) increases in both samples after reaction. These results, together with
the decrease of BET surface area after reaction, are due to sintering phenomena and
possible structure rearrangement related to Cu reduction. This is confirmed by the XRD
patterns (Fig. 4.13), that show more significant sintering phenomena in ZAC23c, which
exhibits higher pore diameter and lower BET surface area after reaction. The adsorption
isotherms (type 1V) and hysteresis loop (type H4) (not shown), together with the pore size

distributions, confirm that the catalysts contain mainly mesopores [28].
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Figure 4.14 BJH pore distribution of the calcined HT-type precursors before (fresh) and after
(spent) reaction: (a) — ZAC23c; (b) — ZAC22c.
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4.2.2 Catalytic activity

The WGS activity data for the catalysts with the same Cu content (20 wt.%) are
summarized in Table 4.7. The catalytic performances of ZAC23c were previously reported
in section 4.1.2: the CO conversion achieves the equilibrium values at 300 and 350 °C and
1 sec of contact time; the S/DG ratio worsens significantly the catalytic performances only
at 250 °C, while the contact time has a low effect. The ZAC22c catalyst (Fig 4.15) exhibits
an excellent catalytic activity, achieving the equilibrium values of CO conversion almost at
all the temperatures with the higher values of contact time (> 0.50 sec). A defect of steam
(Fig. 4.16a) has a negative effect on the activity: the CO conversion decreases from 96 to
77 % as the S/DG ratio decreases from 0.55 to 0.25 v/v (t = 1.00 sec; T =250 °C).

As for ZAC23c, the kinetic factors (Fig. 4.16b) do not seem to influence the
catalytic activity: at 300 °C and 0.55 v/v of S/DG, the decrease of the value of contact time
to 0.25 sec gives rise only to a small decrease of CO conversion (from 91 to 86 %). The
same trends of CO conversion and H, yield in all operating conditions, together with the
high selectivity in CO, (= 97 %), confirm that no contribution of side reactions occurs in
this catalyst. Compared with the ZAC23c catalyst (Table 4.7), ZAC22c shows a higher
catalytic activity at 250 °C, with similar catalytic performances at 300 and 350 °C.
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Figure 4.15 CO conversion of ZAC22c at different contact time, S/DG and temperature values.
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Figure 4.16 Activity of ZAC22c¢ as a function of S/DG (a) and contact time (b) values.
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Table 4.7 CO conversion and H, yield for the catalysts with different Al content.

T [°C] 250 250 250 300 300 300 300 350 350 350
S/DG [v/V] ] 055 025 055 [ 055 055 025 055 | 055 025 0.55
T [sec] | 0.50 1.00 100 | 025 0.50 1.00 1.00 | 0.50 1.00 1.00

1723 COConv. [%] 86 68 92 82 92 77 92 87 69 87
C

H, Yield [%] 86 67 86 80 91 74 92 80 67 84

77 96 86 91 78 92 85 66 85

COConv. [%] 94

ZAC22c

H, Yield [%] 89 74 93 88 90 76 88 82 67 85

4.2.3 Preliminary conclusions

a) Increasing Al content results in an increase of the purity of HT-type
precursor, enhancing the Cu dispersion in the calcined catalyst [1,10], and
giving rise to the superior catalytic performances for ZAC22c, mainly at 250
°C (Fig. 4.17), while at higher temperatures, the CO conversion achieves the
equilibrium values for both samples.

b) Synergetic interactions of Cu with ZnO and spinel favor the Cu dispersion
during reaction and the resistance to the sintering [10,27]. The sample
ZAC22c represents the best compromise between Zn and Al contents to
obtain high activity also at low temperature, improving the stability at the

middle temperature.
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Figure 4.17 CO conversion (xco) with temperature. (Reaction conditions: H,/CO/CH,/CO, =
72.0/18.8/4.6/4.6 v/v; P = 15 bar; S/DG = 0.55 v/v; contact time = 0.50 sec).
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4.3 RoleofznO

4.3.1 Characterization of HT-type precursors and catalysts

In order to confirm the role of ZnO, the sample ZAC23cM1 was prepared as the
ZAC23c one, but replacing most of Zn in the HT-type precursor by Mg, which is reported
as a good stabilizer, but not active in the WGS reaction [13,29].

The XRD patterns of two dried precipitates (HT-ZAC23c and HT-ZAC23cM1) (Fig.
4.18) show the presence of a HT-type phase in both samples, while the ZnO reflections
are observed only for HT-ZAC23c, may be due to a change of the preparation conditions,
which results in a different purity of the phases as previously reported in section 4.2. The
broader profile of HT-ZAC23cM1 indicates a lower crystallinity than in HT-ZAC23c, which
may be related to structural changes due to the partial replacement of Zn** by Mg
cations in the HT-type structure. The introduction of Mg significantly increases the BET
surface area of the HT-type precursor (Table 4.8), and reduces the average crystal size by
about five times. After calcination, the HT-type precursors decompose to mixed oxides in
both samples (Fig. 4.19); ZnO-type phase is observed only for ZAC23c, while ZAC23cM1
presents quasi-amorphous mixed oxide phase, suggesting that the introduction of Mg

significantly improves particle dispersion of both precursor and calcined sample [30].
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Figure 4.18 XRD patterns of the HT-type precursors: (a): HT-ZAC23c; (b): HT-ZAC23cM1.
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Table 4.8 Characterization of the HT-type precursors.

Zn/Mg dnr(003) BET surface area
Sample (at. ratio) Phase detected by XRD (nm) (mz /9)
HT-ZAC23c - HT and ZnO 33 32
HT-ZAC23cM1 1 HT 7 128
- Cu®
* e - CuO
*-7n0O
= — spinel (ZnAl,0,, CuAl, 0, or MgAl,0,)
(a2)
{a1)

Signal Intensity [a.u.]

Position [*2Theta]

Figure 4.19 XRD patterns of the calcined HT-type precursors before and after reaction: (al):
ZAC23c bhefore reaction; (a2): ZAC23c after reaction; (bl): ZAC23cM1 before reaction; (b2):
ZAC23cM1 after reaction.

After reaction, both samples show the further presence of metallic Cu (Fig. 4.19),
evidencing sintering phenomena during the reaction and a surface passivation of large Cu®
particles during the unloading. The BET and Cu surface area values of ZAC23cM1 (Table
4.9) are about three times higher than those of the sample without Mg before reaction,
although a drastic decrease of 60-80 % occurs after reaction. It seems that the
introduction of Mg enhances significantly the dispersion and the surface area before

reaction, although the catalyst is prone to sintering and phase segregation during
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reaction. On the contrary, Cu dispersion and surface area of ZAC23c remain almost
unchanged after reaction, suggesting that ZnO improves the thermal resistance of the
catalyst [10,27].

Table 4.9 Characterization of the calcined HT-type precursors (before and after reaction).

BET Cu Cu P
Decy Pore ore
sample Phase detected  surface  surface surface volume  diameter
by XRD area area area (%) (Cms /9) (nm)
(M*/g)  (M*/gea) _ (M*/gcy)
before Zn0O-type 48 4.9 24.5 3.8 0.35 28
ZAC23c .
after 21O SPinel CUO-— 5, 5.1 255 39 035 34
(trace), Cu
before  mixed oxides 138 138 68.9 106  0.46 9
ZAC23cM1 .
after  ZNQ:spinel, CUO 5, 3.0 151 23 0.29 16

(trace), cu°

The pore size distribution of ZAC23cM1 before reaction (Fig. 4.20) is bimodal, with
mainly 7-10 nm pores and a small peak around 3-4 nm, showing that Mg promotes an
uniform distribution of pores. After reaction, the 3-4 nm pores remain practically
unchanged, while the 7-10 nm ones diminish and shift towards higher diameters. While
the average pore diameter increases, the total pore volume decreases after reaction
(Table 4.9), suggesting a partial collapse of smaller pores with formation of larger ones
and consequent decrease of the surface area. The decrease of porosity parameters after
reaction is more pronounced in ZAC23cM1 than in ZAC23c, suggesting that the pore
structure is more fragile in the sample with Mg. The pore size distributions, together with
the adsorption isotherms (type V) and hysteresis loop (type H4) (not shown), indicate the

mesoporous structure of both catalysts [28].
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Figure 4.20 BJH pore distribution of the calcined HT-type precursors before (fresh) and after
(spent) reaction: (a) - ZAC23c; (b) - ZAC23cM1.

4.3.2 Catalytic activity

The activity data are summarized in Table 4.10, in which for sake of comparison
also the data for ZAC23c are reported. The ZAC23cM1 catalyst shows poor catalytic
performances at all temperatures, with the CO conversion values far away from the
equilibrium values (Fig. 4.21). With a contact time of 1 sec and S/DG of 0.55 v/v, the
activity varies unusually with the temperature: the CO conversion drastically decreases by
about 50 % as the temperature increases from 250 to 300 °C, while a further increase of

temperature enhances the CO conversion.

81



The excess of steam affects the catalytic activity of ZAC23cM1 differently at each
temperature (Fig. 4.22a): at 250 °C, moving S/DG ratio from 0.25 to 0.55 v/v (t = 1 sec)
increases the CO conversion by about two times, while at 300 °C the excess of steam
worsens the CO conversion; finally at 350 °C, the CO conversion is almost constant (=70
%). The catalytic performances of ZAC23cM1 are sensitive also to changes of the contact
time (Fig. 4.22b): increasing the contact time from 0.50 to 1.00 sec (S/DG = 0.55 v/v), the
CO conversion increases from 74 to 83 % at 250 °C, while at 300 °C a remarkable
reduction of CO conversion may be observed; at 350 °C, again the contact time positively
affects the CO conversion, which increases by 25 % ca. A high CO, selectivity ( > 97 %),
together the same trends of CO conversion and H; yield , suggests that side reactions are

almost absent.
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Figure 4.21 CO conversion of ZAC23cM1 at different contact time, S/DG and temperature values.
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Activity vs Steam to Dry Gas ratio (contact time = 1.0 sec)
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Figure 4.22 Activity of ZAC23cM1 as a function of S/DG (a) and contact time (b) values.




Table 4.10 CO conversion and H, yield for the catalysts with different Al contents.

T [°C] 250 250 250 300 300 300 350 350 350
S/DG [V/V] 0.55 0.25 0.55 0.55 0.25 0.55 0.55 0.25 0.55
T [SeC] 0.50 1.00 1.00 0 50 1.00 1.00 0.50 1.00 1.00

CO Conv. [%]
ZAC23c
e Yed —
CO Conv. [%]
H,Yield  [%] 75 44 86 70 62 44 54 63 72

ZAC23cM1

4.3.3 Preliminary conclusions

Substitution of 50 % (at. ratio) Zn by Mg enhances significantly the physical
properties (Table 4.9), while worsens the catalytic performances, compared to those of
the sample without Mg (Fig. 4.23). This result confirms that ZnO plays important role on
the catalytic performances, improving the activity and stability by means of synergetic
interactions with Cu. These effects are more and more significant by increasing the
reaction temperature and may be attributed to the lower stability of the Mg-containing

sample.
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Figure 4.23 CO conversion (xco) with temperature. (Reaction conditions: H,/CO/CH,/CO, =
72.0/18.8/4.6/4.6 v/v; P = 15 bar; S/DG = 0.55 v/v; contact time = 0.50 sec).
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5. Conclusions

The catalysts prepared starting from HT-type precursors show good homogeneity
and high values of physical properties, which worsen by increasing the Cu content. Among
the catalysts with different Cu contents, the ZAC23c catalyst, with 20 wt.% of Cu,
represents the best compromise to obtain high catalytic activity and stability. In fact, the
catalytic performances depend on both metallic Cu surface area and synergetic
interactions between Cu and ZnO

The increase of the Al content enhances the homogeneity of the precursors,
leading to a higher Cu dispersion and consequent better catalytic performances. The
ZAC22¢ catalyst, with 20 wt.% of Cu and a molar ratio M"/M" of 2, shows a high activity
also at 250 °C and a good stability at middle temperature. It may be considered an
optimum catalyst for the WGS reaction at middle temperature (about 300 °C).

By replacing 50 % (at. ratio) of Zn by Mg (which is not active in the WGS reaction),
better physical properties were observed, although associate with poor catalytic
performances. This result confirms the important role of ZnO on the catalytic

performances, favoring synergetic interactions with metallic Cu.
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